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Abstract 
 Optimizing a chemical plant revolves around achieving an efficiency that takes 
into account operating constraints and costs, along with production requirements and 
addressing environmental concerns. The first part of this thesis focuses on the team’s 
optimization of a styrene production plant. The goal was to determine what changes from 
the base case minimize cost to produce the required amount of styrene while adhering to 
operating constraints. The team used PRO/II, a steady state process simulator, in order to 
simulate multiple unit operations included in the plant. The measure by which proposed 
design changes were compared was the calculated net present value (NPV) of the plant. 
An Excel workbook was used to determine and compare the economics of the design 
options considered. The team proposed a design which showed a higher NPV for the 
plant than that of the original base case design. Although the design proposal improved 
the NPV of the plant, it was not the global optimum design, due to a lack of 
considerations, such as controls, which fell outside the scope of our analysis. The second 
part of this thesis focuses on the optimization of a single unit, a fluidized bed reactor. 
This section follows more specifically the optimization process, the considerations taken, 
and analyses done. This single unit’s optimization is the essence of what was done for the 
styrene plant’s different units, accounting for effects of operating conditions on different 
units.  
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INTRODUCTION 
Process Design 
 
 In chemical engineering, many different fields are studied. A chemical engineer 
learns about much more than reactions, spanning equations belonging to many different 
models and procedures. This knowledge is applied when determining the design of a 
process. 
The start of process design begins with deciding what the process type will be. 
The next step is developing a broad design concept. Typically a block flow diagram is 
drafted to represent what process functions will be involved in the design. The next scale 
of analysis is drafting a process flow diagram, which depicts the equipment relevant to 
the different processes in the block flow diagram. 
Having a good idea of the equipment in the process, the first section to analyze is 
the reactor section. At this scale the raw materials and reactions along with feed 
conditions are taken into account, different arrangements are considered, depending on 
the chemical pathway. Following a reactor section analysis, the effects of the recycle 
structure are considered. This includes calculation of the yield, overall conversion, and 
single-pass conversion. The next analysis is of separation system. This analysis deals 
mainly with meeting specifications and how distillation columns are sequenced. The last 
analysis is that of the heat exchanger network, determining the distribution of energy, 
including heat integration. 
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After performing these analyses different design equations are used to determine 
the equipment specifications required. Required utilities are also calculated. From this 
information an economic analysis can be performed. 
 
Optimization 
 
 The purpose of optimization is to have a value that is a function of process 
variables, called the objective value, approach a desired value. Determining the 
requirements to achieve this value requires testing the entire system at different 
combinations of all the parameters. In addition to testing parameter combinations, certain 
restrictions must be implemented, such as limiting waste created or the conditions 
resulting from smaller scale optimizations of single units. Economic analysis is also 
incorporated as part of this testing. Testing all possible parameter combinations can be 
impractically time consuming, and to curtail the time required one can perform 
calculations a few times across variable ranges to determine the trends or use simulation 
software (Turton 327-380). 
 
Process Simulators 
 
 Process simulators are the automation of calculations an engineer would normally 
be doing by hand when determining outcomes of a system. Instead of having to manually 
apply numerical methods to solve equations, an engineer can let a software package do 
the same in mere seconds. There are different implementations of process simulations, 
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such as sequential modular, equation oriented, and simultaneous modular. Sequential 
modular solves the state of one unit at a time, following the order set by the design. The 
equation oriented implementation is the simultaneous solving of all equations of the 
system, the drawback being that this is more susceptible to bad starting guesses. The 
simultaneous modular implementation is a combination of the previous two, it applies 
sequential modular between units that lack high degrees of interaction and applies 
equation oriented when there are many equations tying units together (Turton 562-580). 
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PART 1 
The Styrene Plant 
 
Base Case Design 
 
The original styrene production plant, Unit 500, is comprised of a preheating 
section, a reactor section, and a separations section. An ethylbenzene feed is heated in the 
preheat section before passing through two adiabatic packed bed reactors in series. In 
addition to the styrene reaction, there are two side reactions which produce benzene, 
ethylene, toluene, and methane. The reactor effluent is flashed and then sent through two 
distillation columns. Once the benzene and toluene are separated from the process stream 
in the first distillation column, they are sent to another unit, while the ethylbenzene is 
separated from the styrene in the second distillation column and the ethylbenzene is 
recycled to the beginning of the process (Turton). Beyond Unit 500, the styrene is sent to 
a polystyrene unit. The following section is a concise description of the case study. A 
more detailed and extensive report can be found in Appendix 1. 
 
Conditions and Requirements  
 
 Due to the nature of the process, and equipment limitations, there are some 
conditions that must be maintained in the plant. One important condition is that after 
being separated, the styrene product temperature cannot reach 125oC to avoid its 
polymerization. Another important condition is that the reactor’s catalyst cannot be put at 
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a temperature above 1000 K. The temperature across the reactor cannot drop more than 
50oC. The pressure of the streams is limited to being within a 0.75-2.5 bar range. The 
plant is required to produce 100,000 tonnes of styrene per year, at a purity of 99.5% by 
weight, which is equivalent to 120 kmol/hr at an annual operation of 8000 hours (Turton).  
 
Analysis and Changes 
 
 The first step in optimizing the design of the plant was determining its value, in 
this case the net present value (NPV) of the base case process. Determining the NPV 
required calculation of the cost of utilities, equipment, labor, raw materials, buildings, 
and land. For the original design, the NPV was -$616 million. As part of our initial 
analysis, we determined which factors had the biggest impact on the value of the plant. 
The factors identified as the largest contributors to the economics were the cost of raw 
materials and the distillation columns. We considered two options for the reactor section, 
a shell-and-tube reactor and an adiabatic reactor. Comparing the equivalent annual 
operating cost of the two, we determined the adiabatic reactor was the better choice. We 
went on to run simulations of reactor configurations to determine which conditions 
optimized yield and conversion, thereby reducing the cost in raw materials. The team 
found that five 6 meter by 4 meter parallel adiabatic reactors operating at 725oC and 132 
kPa as the optimum while fitting the process constraints. In order to further improve the 
NPV we sought to improve the separation in the flash drum by changing the incoming 
stream temperature and pressure. Additionally, we were able to reduce the number of 
columns required for the separations section by changing the design of the second 
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column of the original design. The last thing we did to improve the plant’s NPV was to 
reduce the cost of utilities by implementing heat integration. The reactor effluent is used 
to heat the feed stream through two heat exchangers and then goes through the first 
column’s reboiler heating the boilup. 
 
Results 
 
Economic Impact and Moving Forward 
 
 As a result of the changes made to the original process design, we improved the 
NPV by $428 million, giving a final NPV of -$188 million. At this stage of the study, we 
consider what assessments fell outside of the scope of the study. This means addressing 
the details of concerns such as the single distillation column being 5 meters taller than the 
recommended height and the prospect of treating other exiting streams. 
 
Further Concerns 
 
 The biggest freedom taken for the study was the assumption of steady state. In 
terms of our design, this assumption meant that we did not need to be concerned about 
fluctuations causing upsets in the operating conditions. A more rigorous study would take 
into account the role of control systems have in the design, what tolerances are safe to 
operate within, and how fluctuations might necessitate more equipment. The effects of 
not having this assumption fell out of the scope of the study and were not addressed.
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PART 2 
The Fluidized Bed Reactor 
 
Introduction 
 
 A fluidized bed reactor takes the process stream and uses it to push catalyst, in the 
form of shaped particles, to a velocity that keeps it suspended and behaving as a fluid. 
The fluid behavior of the catalyst allows the process stream to interact with it better. The 
fluidized bed is a reactor option that was not considered during the team-based styrene 
case study in the Fall plant design course. The purpose of optimizing this reactor is to 
illustrate the process in more detail. This section will consider reactor feed conditions, 
number of reactors, velocity, and catalyst volume. The program PRO/II was used to 
simulate the reactor. The reactor needs to be simulated as an open pipe isothermal plug 
flow reactor. In order to bypass the need to perform detailed calculations on the entire 
process, I chose to optimize the reactor to maximize styrene production out of the 
fluidized bed reactor. 
 
Specifications 
 
 For the fluidized bed reactor, both the temperature and pressure restrictions from 
the styrene plant apply. The superficial gas velocity must be within three to ten times the 
minimum fluidizing velocity, which can be calculated from the following two equations, 
ݑ௠௙݀௣ߩ௚
ߤ௚ ൌ ሾ1135.69 ൅ 0.0408 ∗ ܣݎሿ
଴.ହ െ 33.7 
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ܣݎ ൌ ݀௣
ଷ൫ߩ௦ െ ߩ௚൯ߩ௚݃
ߤ௚ଶ  
where ݑ௠௙ is minimum fluidizing velocity, ݀௣ is particle diameter, ߩ௦ is catalyst density, 
ߩ௚ is gas density, and ߤ௚ is the gas viscosity. The particle diameter is 300 µm and the 
catalyst density is 2000 kg/m3. The simulation of this reactor requires a 10% bypass of 
the feed to account for bubbling because in reality it would not have the perfect mixing 
and reacting as the simulator assumes (Wen). 
 
Optimizing the Reactor 
 
 The optimization of this reactor requires finding a maximum value. The 
maximum value is the amount of styrene produced. Along with the continuous 
parameters of temperature, pressure, diameter, and length, one parameter is discrete 
instead of continuous, which is the number of reactors, as there can only be an integral 
number of reactors. 
 The first step to optimizing this reactor was to set up a simulation, ensuring 
parameters could be varied and data recalculated with ease. A well-organized PRO/II 
flowsheet illustrates this (Figure 1). A preliminary analysis of the impact of temperature 
and pressure was done through the case study function of PRO/II, the trends are shown in 
Figure 2 and Figure 3. A decrease in pressure results in increasing styrene production, as 
the primary reaction is an equilibrium reaction, while a decrease in temperature results in 
decreasing the styrene production, since the reaction is endothermic. The icon labeled 
“OP1” is the optimizer unit operation that allows definition of parameters over which to 
find the maximum styrene production possible under constraints. The limits for pressure 
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were 0.75 bar and 2.5 bar, while the limits for temperature were 500oC and 725oC. The 
limits for length of the reactor were 0.075 m and 1.0 m, for the purposes of catalyst 
volume. The limits for the number of reactors, treated as tubes, were 1 and 10. A 
constraint on the simulation was on the gas velocity, as mentioned in the previous 
section.  
 
Figure 1 Section of PRO/II flowsheet set up to simulate a fluidized bed reactor 
 
 After defining the boundaries in the optimizer, I required that it require the total 
volume of the reactors combined be a specific value, in this case 20 m3. Under these 
conditions the optimizer shows an increase of styrene produced by 37 kmol/hr over the 
original design’s 126 kmol/hr. The feed conditions required were 725 oC and 2.25 bar. 
The number of tubes, however, was 5.2, which is an inapplicable value. Changing the 
step size for tube values to 1 lets the optimizer test the unit with only integral numbers of 
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tubes. With that change the styrene production increase becomes 33 kmol/hr, requiring 
725 oC and 2.27 bar at inlet, with 6 tubes.  
 
Figure 2 Pressure trend of fluidized bed reactor showing the increase and decrease with respect to the base case 
styrene production 
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Figure 3 Temperature trend of fluidized bed reactor showing the increase and decrease with respect to the base 
case styrene production   
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Results 
 Applying the strategy above, three cases for the catalyst volume were compared. 
The three volumes of catalyst were 20 m3, 30 m3, and 40 m3. The data for these cases is 
shown below in Table 1. The length of tubes is representative of the bed height expansion 
that takes place as fluidization occurs (McCabe 182). The higher increase in styrene 
production requires more tubes, meaning more catalyst, and requires bigger diameters 
and lower feed pressures. 
Table 1 results from the optimization 
Fluidized Bed Optimization Results 
   20 m3  30 m3  40 m3 
Actual Catalyst Volume(m3)  20.0263  30.0529  40.0186 
Tube Length(m),(accounting for expansion)  0.375  0.375  0.375 
Tube Diameter(m)  7.52  7.98  8.24 
Feed Temperature(°C)  725  725  725 
Feed Pressure(bar)  2.27  1.51  1.22 
Number of Tubes  6  8  10 
Yield  0.924  0.949  0.955 
Conversion  0.300  0.347  0.374 
Styrene Increase From Base Case(kmol/h)  33.71  64.40  80.52 
 
These results can be applied when doing further analysis, and if necessary further 
data can be retrieved easily, depending on the number of data points desired, either by 
using optimizer results or running case studies in PRO/II. An important thing to note is 
that when running case studies in PRO/II, more parameters and simultaneous 
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comparisons will result in longer calculation times for the simulator. When in 
conjunction with the optimization of other units across the plant, the inlet conditions 
would have to be further bound by requirements resulting from specifications 
downstream in the separations section. Optimizing the plant with this type of reactor 
would follow the same procedure as optimizing this single unit, having more parameters 
and relations of a higher complexity making up the constraints. 
 After performing the optimization and recording this data, I was able to determine 
how the parameter interactions affect the amount of styrene produced. The feed 
temperature increases styrene production as it approaches the catalyst limit while lower 
pressures increase the production but are limited by the velocity requirement and volume 
specification. Taking into account the specified styrene production requirements, the 
determined configurations mean more styrene can be produced from the base case 
ethylbenzene feed, or alternatively, the required styrene for less ethylbenzene. This is the 
desired outcome, reducing the cost by having less of a need for raw materials. 
 The results from the optimization of the fluidized bed can be incorporated back to 
the process design. The reductions in raw materials and new reactor arrangement are 
included in the new design, along with the new inlet conditions. The new design can be 
simulated to determine changes across the plant, followed by an economic analysis that 
takes these changes into account. The results of this analysis can then be compared to 
what the analysis of the styrene case study base case showed. The design with the higher 
NPV would be the optimal choice. 
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APPENDIX 1 
 
Office of Chemical Engineering 
              
Date: 3 December 2015 
Subject: Letter of Transmittal Detailing Styrene Design Report 
 
Dr. Adam Smith        
The University of Mississippi 
University, MS 38655 
 
Dear Dr. Adam Smith, on behalf of Team Fogler, we present to you a report detailing our 
work on improving a styrene unit of a larger polystyrene manufacturing plant. Our job 
was to optimize the unit in order to achieve a more profitable outcome than the base case.  
 
We created a list of goals that we felt would help accomplish the purpose of achieving a 
more profitable outcome from the base case scenario. These goals include: 
● Optimizing the reactor to find the highest yield of styrene 
● Optimizing the separation system to reduce the load on separating undesirable 
products from styrene 
● Conducting a heat integration analysis in order to reduce the duty provided to the 
heat exchangers 
 
Once these goals were met, we estimated the cost of the styrene unit by calculating Net 
Present Value (NPV). The NPV is not positive, which means the styrene unit alone would 
not be profitable, but the NPV is less negative than the base case, -$188 million, which 
means that we can justify our optimized design and provide further recommendations to 
improve the design.  
 
Since the unit is likely part of a bigger polystyrene manufacturing plant, the optimized 
changes will save the company money further downstream in the plant, and therefore our 
group advises you to consider our optimization plan.  
 
Sincerely, 
 
 
____________________    ______________ 
Piero Bracamonte      Date 
 
____________________    ______________ 
Gavin Brown      Date 
 
____________________    ______________ 
Joella Vaughnn     Date 
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Executive Summary 
Introduction: 
Team Fogler is in charge of Unit 500, a section of a plant that produces styrene from 
conversion of ethylbenzene. A base case of the unit specifies the following parameters: 
● Equipment 
● Raw materials 
● Utilities 
● Chemical reactions 
● Stream compositions, temperatures, pressures, and flow rates 
The base case for Unit 500 generates a net present value of -$616 million. 
Requirements for the unit are: 
● A yearly production of 100,000 tonnes of styrene 
● A 99.5% weight purity of styrene 
● A maximum temperature of 125ºC in the distillation tower, otherwise styrene will 
polymerize. 
Objective: 
The objective of our team is to provide a design that minimizes the cost of the styrene 
unit and improves the NPV from the base case. We use the NPV of the unit to analyze 
whether or not our design has improved and if our team should move forward with the 
changes. Our approach includes: 
● Optimizing yield by changing feed conditions to the reactor 
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● Integrating heat in our heat exchanger network 
● Achieving a more efficient separation system by changing stream conditions 
● Choosing economical materials for the equipment 
● Reducing utilities  
Conclusion: 
Our goal was to minimize the NPV of Unit 500 through optimization involving 
the strategies mentioned above. After making changes based on our optimizations, we 
increased the NPV by $428 million to -$188 million. This satisfies our goal and succeeds 
in reducing the cost Unit 500 presents in the polystyrene manufacturing plant. 
Process: 
We reduced the utilities needed by integrating our heat exchanger network using 
process stream integration to heat and cool exchangers in lieu of utilities. We decided to 
use a system of five parallel adiabatic packed bed plug flow reactors. We chose the 
adiabatic reactor over a shell-and-tube reactor based on a lower equivalent annual 
operating cost (EAOC). We optimized the conditions of the reactor feed by changing 
temperature and pressure in order to achieve the highest possible yield of styrene. We 
reduced separation section to a single column and adjusted for the change by optimizing 
the pressure of the column’s inlet stream. Additionally, we changed our distillation 
column’s building materials from titanium to carbon steel, reducing its cost. We used 
stainless steel for three heat exchangers, the fired heater, and the reactors. We decided to 
use carbon steel with the remaining equipment in Unit 500.  
Recommendations: 
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Our recommendation moving forward is to analyze the change in expenses and 
process design conditions and determine if our changes will make a positive impact on 
the polystyrene manufacturing plant. Two changes that our group is considering for 
moving forward in the design process is to reduce the number of parallel adiabatic packed 
bed plug flow reactors as well as further consideration of the thermodynamic model of 
the distillation tower.  Once we make those changes, our model will reflect a more 
applicable design. Moving forward, we recommend conducting further research to get a 
more accurate model of our plant, both economically and physically.  
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1. Introduction 
Our team, Team Fogler worked at a plant that manufactures benzene, 
ethylbenzene, styrene, and polystyrene. We were assigned to Unit 500, which is the 
section of the polystyrene manufacturing plant that reacts ethylbenzene to produce 
styrene. Ethylbenzene, however, will also react to produce undesired products such as 
benzene, toluene, methane and ethylene. Unit 500 produces 100,000 tonnes of styrene per 
year at a 99.5% weight purity, which is 120.02 kmol/hr of styrene given that the plant 
operates 8000 hours per year. The styrene product cannot be higher than 125ºC because 
styrene will polymerize at higher temperatures. The ethylbenzene feed contains 98% by 
mole ethylbenzene, 1% by mole toluene, and 1% by mole benzene. The adiabatic packed-
bed reactor cannot exceed an entering temperature of 726.9 ºC due to the temperature 
limitation of the reactor catalyst. The temperature drop across the reactor cannot exceed 
50 ºC.  
Since the polystyrene manufacturing plant requires 100,000 tonnes of styrene in 
order to produce the main product polystyrene, it is reasonable for Unit 500’s NPV to be 
negative. Thus, we want to increase the Net Present Value (NPV) from the base case 
NPV of -$616 million in order to make Unit 500 more profitable within the context of the 
8 
 
 
 
polystyrene manufacturing plant. We increased the NPV by $428 million to a value of -
$188 million by optimizing the design of the unit. Based on the increase in NPV, our 
group recommends moving forward in order to establish a more complex design of Unit 
500.  
When our group optimized Unit 500, we focused on reducing cost of raw 
materials, as well as fixed capital investment and cost of utilities. First, we optimized an 
adiabatic packed bed reactor and a shell-and-tube reactor in order to determine which 
reactor produced the highest yield of styrene at the lowest cost. Our team focused on 
yield as a unit of reactor evaluation because it evaluates how much of the ethylbenzene 
feed reacts to form styrene, our desired product. After our team optimized and chose the 
adiabatic packed bed reactor, we optimized the separation system. We sought to make 
temperature and pressure changes to the flash drum and the distillation column in order to 
separate styrene from ethylbenzene in one step. When we finished the optimization of the 
separation section, we integrated the heat exchanger system of Unit 500 in order to 
reduce the need for hot utilities. Table 1 describes the assumptions that we made 
throughout the design process to achieve our optimized design. 
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Our team conducted an economic analysis using a process concept diagram. The 
process concept diagram illustrates the two general sections of Unit 500: the reactor and 
separation system.  Unit 500 reacted ethylbenzene, producing styrene, benzene, and 
toluene at yields of 77%, 13% and 10%  respectively. The reactor converted 42% of the 
ethylbenzene fed. Other than the yield and conversion, we assumed that there would be 
perfect reaction and separation based on the stoichiometric relationship between the 
reactants and products in order to produce 120.02 kmol/hr of styrene. We did not account 
for using steam as a diluent and heating medium. Based on the given yield and 
conversion, the maximum economic potential of Unit 500 is $70.1 million. Figure 1-1 
and Table 1-2 describe the process concept diagram and corresponding stream tables. 
 
 
 
 
 
 
 
 
 
Figure 1-1-Process Concept Diagram of Unit 500 Assuming Perfect Reaction and 
Separation 
 
 
Table 1-2-Component Molar Flow Rates of Chemicals based on the Process Concept 
Diagram 
 
 
 
 
 
 
 
 
 
 
 
Component 1 2 3 4 5
Total 
(kmol/hr) 159.05 140.28 39.03 120.02 215.25
Styrene 
(kmol/hr) 120.02
Ethylbenzen
e (kmol/hr) 155.87 215.25
Ethylene 
(kmol/hr) 20.26
Benzene 
(kmol/hr) 1.59 21.85
Toluene 
(kmol/hr) 1.59 17.18
Hydrogen 
(kmol/hr) 104.43
Methane 
(kmol/hr) 15.59
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2. Results and Discussion 
 
2.1. Process Description and Process Flow Diagram of Unit 500 of the Production of 
Styrene from Ethylbenzene 
An ethylbenzene feed with 1% by mole of both benzene and toluene, Stream 1, is 
mixed with recycled ethylbenzene from the styrene column, Stream 29 and Stream 39. 
The mixed ethylbenzene, Stream 2, is sent to the feed heater, E-511, where its 
temperature is raised to 435°C using the cooled styrene reactor effluent, Stream 31, and 
the process stream exiting the feed heater, Stream 30, is completely vaporized. The 
vaporized stream then enters E-512, where the temperature is raised to 620°C by the 
styrene reactor effluent, Stream 10. Low pressure steam, Stream 4, is sent to a fired 
heater, H-501, where its temperature is raised to 800°C by combusting natural gas, with a 
pressure drop over the fired heater of 35 kPa. The now superheated steam leaves the 
heater, Stream 5, and is throttled to 190 kPa. The throttled, superheated steam then is 
mixed with the vaporized feed to facilitate the highly endothermic conversion of 
ethylbenzene to styrene, Stream 3. The mixed feed and steam, Stream 32, is throttled to a 
pressure of 132 kPa. The reactor feed, Stream 9, enters 5 parallel adiabatic packed bed 
plug flow reactors, R-511, at 725°C and 132 kPa. The target product is styrene, but 
ethylbenzene will also react to form hydrogen, benzene, toluene, and equimolar amounts 
of ethylene and methane according to the following reactions: 
 
C6H5C2H5 ←→ C6H5C2H3 + H2 
ethylbenzene    styrene  hydrogen 
12 
 
 
 
 
 
 
C6H5C2H5 →   C6H6 +    C2H4 
ethylbenzene   benzene  ethylene 
 
C6H5C2H5 + H2 → C6H5CH3 + CH4 
ethylbenzene         toluene       methane 
 
The effluent from the reactors, Stream 10, consisting of styrene, benzene, 
ethylene, and toluene from the reaction as well as unreacted ethylbenzene and water in 
the vapor phase, is cooled in the feed heater, E-512, where the temperature is reduced to 
613°C using Stream 30. The exiting vapor, Stream 31, is then further cooled by the feed 
heater, E-511, reducing the temperature to 448°C using Stream 2. The effluent leaving 
the feed preheaters, Stream 13, is sent to the reboiler, E-513, where the temperature is 
reduced to 230°C by reboiling the bottoms of T-502. The products in vapor phase, 
Stream 14, are sent to a heat exchanger, E-514, where the temperature is reduced to 50°C 
using cooling water, which enters at 30°C and leaves at 40°C in order to condense the 
products into a mixed phase. The mixture of vapor and liquid feed, Stream 15, enters a 
separator, V-501, operating at 60 kPa where vapor, liquid, and water are disengaged.  
The vapor phase from the separator at 49°C and 60 kPa, Stream 16, is sent to a 
mixer where it combines with the vapor from the condenser of the styrene distillation 
column, Stream 33. The combination of gas streams, Stream 34, consisting of water and 
13 
 
 
 
hydrogen, along with trace amounts of ethylbenzene, styrene, benzene, toluene, ethylene, 
and methane enters a compressor, C-511, operating at 90 kPa and 101°C.  The gas stream 
exiting the compressor, Stream 35, enters a heat exchanger, E-516, cooling the exiting 
stream, Stream 36, to 50°C in order to achieve a mixed phase entering flash drum V-511. 
V-511 separates the stream into fuel gas, Stream 37, which is used as a utility credit and 
into an ethylbenzene recycle, Stream 40. The ethylbenzene recycle is pumped using P-
511 to 210 kPa, Stream 29, where it is mixed with Stream 1. The water phase exiting the 
separator at 49°C and 60 kPa, Stream 18, is pumped as a liquid, via P-501. The 
wastewater exits Unit 500, Stream 28, at 49°C and 200 kPa. 
The organic liquid phase exits the separator, Stream 17, and is throttled to a 
pressure of 50 kPa. The throttled organic liquid, Stream 20, at 49°C and 50 kPa, enters 
the styrene distillation column, T-502. The styrene distillation column separates 
ethylbenzene in the distillate from styrene in the bottoms in order to obtain a styrene 
product with a purity of 99.5%  by weight for Unit 500. T-502 contains 110 trays and 
operates at a top tray pressure of 45 kPa with a pressure drop of 10 kPa across the 
column. The bottoms of T-502 recovers 99% of the styrene that enters the column. The 
exiting ethylbenzene and trace amounts of styrene and toluene are condensed using 
cooling water through a heat exchanger, E-509, and sent to a reflux drum, V-503. Once 
the condensate collects in the reflux drum, it is pumped, via P-503, where the distillate 
exits at a ratio of 4.46 to amount refluxed. The ethylbenzene recycle stream exiting the 
top of the distillation column, Stream 38, enters another pump, P-506, to achieve a 
pressure of 210 kPa. The ethylbenzene recycle stream leaving the pump, Stream 39, is 
then mixed with the fresh ethylbenzene feed, Stream 1, and recycled throughout Unit 
14 
 
 
 
500. The bottoms of the distillation column is heated in the reboiler, E-513, using the 
effluent vapor from R-511, Stream 13, in order to maintain a constant flow rate 
throughout the column. The product that does not get sent to the reboiler, Stream 24, 
enters a pump, P-505. The pump increases the stream pressure to 200 kPa. The liquid 
styrene exits the pump, Stream 27, at a temperature of 124°C and a molar flow of 120 
kmol/hr. 
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Table 2.1-1 Stream Tables for Unit 500 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Stream Name 1 2 3 4 5 9
Temperature C 140 95 620 160 800 720
Pressure KPA 210 210 190 600 570 130
Phase Liquid Liquid Vapor Vapor Vapor Vapor
Vapor Fraction 0 0 1 1 1 1
Total Mass Rate KG/HR 17200 61200 61200 104000 104000 165000
Total Molar FlowKG-MOL/HR 163 619 619 5780 5780 6400
Fluid Rates KG-MOL/HR
  H2O 5.05 5.05 5780 5780 5790
  EBENZENE 159 371 371 371
  STYRENE 3.87 3.87 3.87
  H2 0.0179 0.0179 0.0179
  BENZENE 1.63 54.9 54.9 54.9
  TOLUENE 1.63 184 184 184
  ETHYLENE 0.104 0.104 0.104
  METHANE 0.0211 0.0211 0.0211
Stream Name 10 13 14 15 16 17
Temperature C 690 450 230 50 49 49
Pressure KPA 120 95 80 70 60 60
Phase Vapor Vapor Vapor Mixed Vapor Liquid
Vapor Fraction 1 1 1 0.0315 1 0
Total Mass Rate KG/HR 165000 165000 165000 165000 5030 56800
Total Molar FlowKG-MOL/HR 6540 6540 6540 6540 218 583
Fluid Rates KG-MOL/HR
  H2O 5790 5790 5790 5790 43.3 5.49
  EBENZENE 216 216 216 216 6.07 210
  STYRENE 123 123 123 123 2.91 121
  H2 104 104 104 104 104 0.0628
  BENZENE 74.6 74.6 74.6 74.6 13.2 61.2
  TOLUENE 200 200 200 200 13.8 185
  ETHYLENE 19.8 19.8 19.8 19.8 19.4 0.36
  METHANE 15.4 15.4 15.4 15.4 15.3 0.0788
Stream Name 18 20 24 27 28 29
Temperature C 49 49 120 120 49 49
Pressure KPA 60 50 55 200 200 210
Phase Liquid Mixed Liquid Liquid Liquid Liquid
Vapor Fraction 0 0.000096 0 0 0 0
Total Mass Rate KG/HR 103000 56800 12500 12500 103000 12700
Total Molar FlowKG-MOL/HR 5740 583 120 120 5740 137
Fluid Rates KG-MOL/HR
  H2O 5740 5.49 1.28x10-20 1.28x10-20 5740 1.8
  EBENZENE 0.0376 210 0.588 0.588 0.0376 42.3
  STYRENE 0.000674 121 119 119 0.00067 2.85
  H2 0.000373 0.0628 0.00037 0.0178
  BENZENE 0.0179 61.2 3.69x10-26 3.69x10-26 0.0179 27.2
  TOLUENE 0.227 185 1.14x10-12 1.14x10-12 0.227 62.3
  ETHYLENE 6.61x10-6 0.36 6.61x10-6 0.102
  METHANE 0.00589 0.0788 0.00589 0.0209
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Table 2.1-1 Stream Tables for Unit 500 continued 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Stream Name 30 31 32 33 34 35
Temperature C 440 610 720 90 75 100
Pressure KPA 200 110 190 45 45 90
Phase Vapor Vapor Vapor Vapor Vapor Vapor
Vapor Fraction 1 1 1 1 1 1
Total Mass Rate KG/HR 61200 165000 165000 13100 18100 18100
Total Molar FlowKG-MOL/HR 619 6540 6400 143 361 361
Fluid Rates KG-MOL/HR
  H2O 5.05 5790 5790 2.25 45.5 45.5
  EBENZENE 371 216 371 40.6 46.7 46.7
  STYRENE 3.87 123 3.87 0.181 3.09 3.09
  H2 0.0179 104 0.0179 0.0628 104 104
  BENZENE 54.9 74.6 54.9 35.1 48.4 48.4
  TOLUENE 184 200 184 64.6 78.4 78.4
  ETHYLENE 0.104 19.8 0.104 0.358 19.8 19.8
  METHANE 0.0211 15.4 0.0211 0.0787 15.4 15.4
Stream Name 36 37 38 39 40
Temperature C 50 49 90 89 49
Pressure KPA 80 75 45 210 75
Phase Mixed Vapor Liquid Liquid Liquid
Vapor Fraction 0.619 1 0 0 0
Total Mass Rate KG/HR 18100 5420 31300 31300 12700
Total Molar FlowKG-MOL/HR 361 225 320 320 137
Fluid Rates KG-MOL/HR
  H2O 45.5 43.7 3.25 3.25 1.8
  EBENZENE 46.7 4.32 169 169 42.3
  STYRENE 3.09 0.24 1.02 1.02 2.85
  H2 104 104 6.73x10-5 6.73x10-5 0.0178
  BENZENE 48.4 21.2 26.1 26.1 27.2
  TOLUENE 78.4 16.2 120 120 62.3
  ETHYLENE 19.8 19.7 0.00186 0.00186 0.102
  METHANE 15.4 15.3 0.000111 0.000111 0.0209
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2.2. Thermodynamic Package 
Our team chose SRK-SIMSCI as the default thermodynamic package in the Pro/II 
simulation software. Using Figure 2.2-1, we followed the illustrative arrows in the 
decision tree in order to decide which software to choose. The system does not have polar 
or hydrogen bonding. Water is the only substance that could have hydrogen bonding and 
it is inert in the system. Since ethylbenzene reacts with hydrogen to form methane, the 
system contains a hydrocarbon C5 or lighter and hydrogen is also present in the system. 
The temperature of the system exceeds 250 K or -23.2ºC throughout the entire process. 
The decision tree leads us to choose between Peng Robinson or SRK thermodynamic 
package. Ultimately our team chose SRK-SIMSCI because it addresses aromatic non-
idealities in chemicals such as benzene and toluene. SRK-SIMSCI is able to handle two 
immiscible liquid phases, which is useful for separating a water and organic phase in the 
flash drum. However, according to Figure 2.2-1, our team could have used NRTL or 
UNIQUAC because the flash drum contains no sour water, no electrolytes, no 
experimental data and two liquid phases, organic and aqueous. We used the ideal 
thermodynamic package in the distillation tower, which assumes ideal molecular 
behavior in order to get a reasonable number of trays. Further consideration is needed to 
determine a better thermodynamic package for the distillation tower because the 
chemicals would not behave ideally due to the difference in composition between water, 
non-condensable gases and aromatics.  
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2.3. Items of Special Concern 
 
As shown in Table 2.3-1, conditions across different equipment in Unit 500 were 
outside of the commonly accepted range. Heat exchangers, E-511, E-512, and E-513, had 
a log-mean temperature difference greater than 100ºC, which is required for the 
integration of heat within the process in order to reduce the utility of the unit. The styrene 
reactor, R-511, had inerts, excess reactant, and product present, and a temperature greater 
than 250ºC.  The temperature is greater than 250ºC in order to favor equilibrium 
conversion for the endothermic reaction, increase rate of reaction, improve selectivity, 
and maintain an organic gas phase. The excess reactant, ethylbenzene, is present to 
Figure 2.2-1 Thermodynamic Package Decision Tree for Pro/II Simulation with Illustrative 
Arrows for Choosing Thermodynamic Package for Production of Styrene from Ethylbenzene 
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increase equilibrium conversion. Styrene is present because it is difficult to separate in 
the distillation tower, and the inert superheated steam is present to drive the temperature 
of the feed to R-511 and to act as a diluent for the reaction. The distillation column, flash 
separators, and reflux drum, respectively T-502, V-501, V-511, and V-503, all operate at 
pressures less than 1 bar. The reason for this set of equipment operating at vacuum is to 
prevent styrene from polymerizing because a lower pressure will allow the process to 
maintain a lower temperature. Stream 3 combines with Stream 5 with a temperature 
difference of 180ºC because Stream 5 heats Stream 3 to the necessary temperature of 
725ºC before reaching R-511.  
Table 2.3-1 Process Condition Matrix for the Production of Styrene from Ethylbenzene 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Table 2.3-2 Justification or Remedy for Change in Stream Causing Concern 
 
 
 
 
 
 
 
 
 
Reactors and Separators Other Equiptment
Equiptment High Temp.Low Temp. High Pressure Low Pressure Inert Present Product Present Non-Stoich. Feed Comp. Exch. Htr. Valve Mix
C-511
E-511 X
E-512 X
E-513
E-514 X
H-501
R-511 X X X X
V-501 X
V-503 X
T-502 X
M-501
M-502 X
M-503
FV-501 X
FV-502
FV-502
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2.4 Cost of Manufacturing Summary 
 
For the purposes of determining the NPV of Unit 500, our team used a minimal 
acceptable rate of return, MARR, of 12%, with a project span of 12 years and a 35% 
corporate tax rate. The building would cost $3 million and can be sold at the end of 12 
years for $1 million. Two years prior to startup, we would purchase the land and spend 
one-third of the Fixed Capital Investment, FCI, on equipment. One year prior to startup 
we would purchase the buildings and the remaining equipment. We accounted for 
depreciation in buildings and equipment, which are calculated from a 39-year straight 
line depreciation and 7 year MACRS depreciation respectively. We would purchase the 
land for $2.5 million and can sell the land for $11 million at the end of the 12-year 
period. The plant operates 8000 hours per year and would require a working capital of a 
one-month supply of raw materials and three months of personnel costs to begin 
production. The labor and energy costs would increase due to inflation at a yearly rate of 
3%.  
 Table 2.4-3 reports the NPV for Unit 500, which we predict to be -$188 million 
after optimization from the base case NPV of -$616 million. While the NPV remains 
negative, Unit 500 can be used to produce polystyrene, and ethylbenzene may be another 
product in the polystyrene plant, making the optimized design of Unit 500 a possible 
solution to increasing the profitability of the polystyrene manufacturing plant. Table 2.4-
1 reports the cost of manufacturing for Unit 500. The cost of labor per year would be 
$0.774 million. The cost of treating the wastewater per year would be $0.035 million, 
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while the cost of raw materials per year would be $124 million. These projections give a 
yearly cost of manufacturing of $193 million. The cost for the base case of Unit 500 was 
$280 million. In the optimized version of Unit 500, we reduced the cost of manufacturing 
by $87 million. 
 The cost of utilities is $22 million, which includes the cost of cooling water, 
compressor power, pump power, natural gas and low pressure steam.  Additionally, we 
credited the fuel gas as a positive utility that our team could sell or use in the fired heater, 
H-501, or another area of the polystyrene manufacturing plant. Our team reduced the 
base case cost of utilities from -$69 million to -$22 million. The cost of utilities required 
to operate Unit 500 is reported in Table 2.4-2.   
 
Table 2.3-1 Cost of Manufacturing Summary in Millions of Dollars 
 
 
 
 
 
 
 
 
 
Table 2.4-2 Utility Required to Operate Summary 
   
 
 
 
 
 
 
 
 
 
 
 
 
 
FCI (grassroots) -64.9
Cost of Labor -0.78
Cost of Utilities -22
Cost of Waste Treatment -0.04
Cost of Raw Materials -124
Cost of Manufacturing -193
ID Unit Flow units η $/unit $/yr
cw E-514 7720000 kg/h 1 -0.0000148 -$914,000.00
cw E-509 1570000 kg/h 1 -0.0000148 -$186,000.00
cw E-516 147000 kg/h 1 -0.0000148 -$17,400.00
Compressor Power C-511 269 kW 1 -0.06 -$129,000.00
Pump Power P-501 5.93 kW 1 -0.06 -$2,850.00
Pump Power P-503 1 kW 1 -0.06 -$480.00
Pump Power P-505 1 kW 1 -0.06 -$480.00
Pump Power P-506 3.22 kW 1 -0.06 -$1,540.00
Pump Power P-511 1 kW 1 -0.06 -$480.00
Natural Gas H-501 144 GJ/h 0.8 -11.1 -$15,900,000.00
lps H-501 104000 kg/h 1 -0.02929 -$24,400,000.00
Fuel Gas Stream 37 221000000 kJ/hr 1 11.1 $19,600,000.00
Sum--> -$22,000,000.00
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2.5 Investment and Equipment Summary 
Table 2.5-1 describes the cost of equipment for Unit 500. Since the distillation 
columns in the base case attributed to a significant amount of the cost of equipment, our 
team wanted to reduce the number of columns. We achieved the goal and were able to 
reduce the cost of equipment or grassroots cost from -$256 to -$65. Table 2.5-2 describes 
the equipment operational capacity, materials of construction, and other parameters such 
as diameter, height, and power requirement. We integrated the heat exchangers by 
recycling the heat from the hot process streams to the cold process streams. This includes 
a network of fixed tube heat exchangers, E-511, E-512, and E-513. The integrated heat 
exchangers are made of stainless steel because their temperatures exceed 400ºC. 
Exchangers E-514, E-516, and E-509 are made of carbon steel. Our team increased the 
amount of shells in exchangers E-511, E-512 and E-514 in order to maintain a heat 
exchanger area of less than 1000 m2/shell. The five parallel adiabatic packed bed plug 
flow reactors, R-511, are composed of stainless steel. The distillation column, T-502, and 
the sieve trays are made of carbon steel. The distillation column included in the base case 
of Unit 500 contained titanium towers and trays. Our team conducted further research on 
the materials of construction, revealing that titanium was not necessary in the absence of 
corrosive materials, which are mainly used in chloride solutions. The only corrosive 
material in Unit 500 is hydrogen, which causes hydrogen embrittlement; however, it is 
acceptable for carbon steel equipment to operate under 500°C without causing corrosion. 
Both the flash drums and the reflux drum, V-501, V-511, and V-503, are made of carbon 
steel. 
 
 
25 
 
 
 
Ta
bl
e 
2.
5-
1 
Fi
xe
d 
C
ap
ita
l I
nv
es
tm
en
t (
FC
I)
 a
nd
 E
qu
ip
m
en
t S
um
m
ar
y 
 
ID
D
es
cr
ip
tio
n
N
um
be
r
M
at
er
ia
ls
H
ei
gh
tD
ia
m
et
er
D
ut
y
U
ni
ts
Cb
m
0,
20
01
Cb
m
,2
00
1
C-
51
1
Co
m
pr
es
so
r
CS
27
0
kW
$2
68
,0
00
.0
0
$2
68
,0
00
.0
0
D
-5
01
 A
D
riv
e
CS
30
0
kW
$1
12
,0
00
.0
0
$1
12
,0
00
.0
0
D
-5
01
 B
D
riv
e
CS
30
0
kW
$1
12
,0
00
.0
0
$1
12
,0
00
.0
0
E-
51
1
Fi
xe
d 
Tu
be
2
SS
53
5
m
2
$3
41
,0
00
.0
0
$6
33
,0
00
.0
0
E-
51
2
Fi
xe
d 
Tu
be
2
SS
93
5
m
2
$4
84
,0
00
.0
0
$9
00
,0
00
.0
0
E-
51
3
Fi
xe
d 
Tu
be
SS
69
0
m
2
$1
99
,0
00
.0
0
$3
71
,0
00
.0
0
E-
51
4
Fi
xe
d 
Tu
be
5
CS
88
0
m
2
$1
,1
60
,0
00
.0
0
$1
,1
60
,0
00
.0
0
E-
50
9
Fi
xe
d 
Tu
be
CS
46
0
m
2
$1
56
,0
00
.0
0
$1
56
,0
00
.0
0
E-
51
6
Fi
xe
d 
Tu
be
CS
92
m
2
$7
5,
30
0.
00
$7
5,
30
0.
00
H
-5
01
Fi
re
d 
H
ea
te
r
SS
49
80
0
kW
$4
,6
40
,0
00
.0
0
$6
,1
80
,0
00
.0
0
P-
50
1 
A
Ce
nt
rif
ug
al
 P
um
p
CS
5.
9
kW
$1
3,
30
0.
00
$1
3,
30
0.
00
P-
50
1 
B
Ce
nt
rif
ug
al
 P
um
p
CS
5.
9
kW
$1
3,
30
0.
00
$1
3,
30
0.
00
P-
50
3 
A
Ce
nt
rif
ug
al
 P
um
p
CS
1
kW
$9
,7
60
.0
0
$9
,7
60
.0
0
P-
50
3 
B
Ce
nt
rif
ug
al
 P
um
p
CS
1
kW
$9
,7
60
.0
0
$9
,7
60
.0
0
P-
50
5 
A
Ce
nt
rif
ug
al
 P
um
p
CS
1.
2
kW
$9
,9
00
.0
0
$9
,9
00
.0
0
P-
50
5 
B
Ce
nt
rif
ug
al
 P
um
p
CS
1.
2
kW
$9
,9
00
.0
0
$9
,9
00
.0
0
P-
50
6 
A
Ce
nt
rif
ug
al
 P
um
p
CS
3.
2
kW
$1
1,
40
0.
00
$1
1,
40
0.
00
P-
50
6 
B
Ce
nt
rif
ug
al
 P
um
p
CS
3.
2
kW
$1
1,
40
0.
00
$1
1,
40
0.
00
P-
51
1 
A
Ce
nt
rif
ug
al
 P
um
p
CS
1
kW
$9
,7
60
.0
0
$9
,7
60
.0
0
P-
51
1 
B
Ce
nt
rif
ug
al
 P
um
p
CS
1
kW
$9
,7
60
.0
0
$9
,7
60
.0
0
T-
50
2
To
w
er
CS
58
6.
6
19
80
m
3
$5
,6
50
,0
00
.0
0
$5
,6
50
,0
00
.0
0
Si
ev
e T
ra
ys
11
0
CS
34
m
2
$4
,4
70
,0
00
.0
0
$4
,4
70
,0
00
.0
0
R-
51
1
Re
ac
to
r
SS
10
4
10
0
m
3
$4
,0
90
,0
00
.0
0
$7
,9
30
,0
00
.0
0
V
-5
01
V
es
se
ls
CS
6.
9
2.
3
29
m
3
$9
8,
10
0.
00
$9
8,
10
0.
00
V
-5
03
V
es
se
ls
CS
7.
4
2.
5
35
m
3
$6
8,
60
0.
00
$6
8,
60
0.
00
V
-5
11
V
es
se
ls
CS
3
1
2.
5
m
3
$2
1,
40
0.
00
$2
1,
40
0.
00
Ba
se
 M
od
ul
e 2
01
4:
$4
1,
40
0,
00
0.
00
To
ta
l M
od
ul
e 2
01
4:
$4
8,
80
0,
00
0.
00
G
ra
ss
ro
ot
s:
$6
4,
90
0,
00
0.
00
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
26 
 
 
 
 
 
 
 
 
 
 
2.6. Summary of Options Analyzed 
 
We began our optimization process by determining what variables had the 
greatest effect on our NPV. The sensitivity analysis found in Figure 2.6-1 shows the 
effect of fixed capital investment (FCI), cost of utilities (CUT), cost of labor (COL) and 
cost of raw materials (CRM), on our NPV. The three factors that were found to have the 
greatest effect, were CRM, CUT, and FCI. Since the cost of raw materials had the 
greatest effect on the NPV, our group focused the greatest efforts on minimizing the cost 
of raw materials while also minimizing FCI and CUT.  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 2.6-1 Sensitivity Analysis of Unit 500 
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Our team compared an adiabatic reactor to a shell-and-tube reactor to find the 
optimal reactor that produces the highest yield of styrene. We determined the optimal 
reactor choice by comparing the equivalent annual operating cost (EAOC) of both 
reactors depicted in Table 2.6-1. The adiabatic reactor had an EAOC of $1.3 million and 
the shell-and-tube had an EAOC of $3.3 million. Because the adiabatic reactor had a 
lower EAOC, our team chose to use it in our process.  
 
 
 
Table 2.6-1 Equivalent Annual Operating Cost Comparison between Adiabatic and Shell-
and-Tube optimized reactors 
 
 
 
After choosing the reactor type, we used the case study feature in Pro/II to 
determine the optimal conditions. Figures 2.6-2, 2.6-3, 2.6-4,2.6-5 demonstrate the effect 
of reactor length, inlet pressure, and inlet temperature respectively. The reactor design is 
limited by several constraints. The temperature of the reactor cannot exceed 1000 K or 
726ºC. The temperature drop across the reactor cannot be greater than 50ºC. The pressure 
must be between 75 kPa to 250 kPa. The maximum pressure drop across the reactor 
cannot exceed 30 kPa.  
EAOC (Millions)
Optimized Adiabatic Reactor: $1.30
Optimized Shell-and-Tube Reactor: $3.30
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Originally, the base case design had an unreasonable pressure drop across the 
reactor giving a maximum velocity of approximately 300 m/s. In order to reduce the 
pressure drop and maximum velocity while still maintaining a high yield of styrene, we 
increased the number of parallel reactors. At 5 parallel adiabatic packed bed reactors, our 
group was able to maintain a maximum velocity under 2 m/s and pressure drop under 30 
kPa. Since our group optimized for a lower inlet reactor pressure of 132 kPa, we were 
able to achieve a pressure drop of 17 kPa. Since the pressure drop across the reactor is 
below the constraint of 30 kPa, our group recommends further decreasing the number of 
parallel reactors. If the number of parallel reactors increases, the cost of the additional 
reactors does not outweigh the benefit of the lower pressure drop or maximum velocity.  
Figure 2.6-2 illustrates the relationship between reactor length and yield of 
styrene. As the length of the reactor decreases, the yield of styrene increases. Since 
styrene production increases as the time it spends in the catalyst bed decreases, also 
called contact time, the reactor has a higher yield of styrene when the catalyst bed is 
shorter. We chose a catalyst bed length of 6 meters. Even though it would be favorable to 
have a lower length, the diameter of the catalyst bed would be 4 meters, giving a L/D 
ratio lower than the heuristics. Vessels usually have an L/D ratio from 2 to 5. Since it 
would be unreasonable to have a reactor that is equal in length and diameter, we chose a 
length of 6 m to give a L/D ratio of 1.5.  
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Figure 2.6-3 illustrates the relationship between reactor pressure and yield of 
styrene. The figure shows an increase in the yield of styrene as the reactor pressure 
decreases. We chose an inlet pressure of 132 kPa, which was lower than the base case 
inlet reactor pressure. We could not choose the minimum reactor pressure of 75 kPa 
0
0.1
0.2
0.3
0.4
0.5
0.6
0.7
0.8
0.9
1
0 5 10 15 20 25 30 35 40 45 50
Reactor Length in meters
Yield of Styrene
Figure 2.6‐2 The relationship between yield of styrene and reactor length of catalyst bed in meters 
demonstrating the yield of styrene increases at lower reactor lengths 
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because we needed to have a high enough pressure in the stream entering the first flash 
drum to create a mixed process stream with cooling water.  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
0
0.1
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0.3
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0.5
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0.7
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1
75 95 115 135 155 175 195 215 235 255 275
Inlet Pressure in kPa
Yield of Styrene
Figure 2.5-3 The relationship between yield of styrene and the reactor inlet pressure in kPa 
demonstrating a higher yield of styrene as the inlet pressure of the reactor decreases 
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Figure 2.6-4 illustrates the relationship of conversion of ethylbenzene and yield of 
styrene as a function of reactor inlet temperature. The trends show that higher 
temperatures offer a greater conversion of ethylbenzene but a lower yield of styrene. The 
figure also shows a greater increase in the conversion of ethylbenzene than the decrease 
in the yield of styrene. Figure 2.6-5 illustrates the product of the conversion of 
ethylbenzene and yield of styrene, which mathematically demonstrates the production of 
styrene per mole of ethylbenzene fed. Since the product of conversion and yield increases 
with temperature, our group chose an inlet reactor temperature of 725C.   
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Figure 2.6‐5 The relationship between the conversion of ethylbenzene and yield of styrene with the inlet reactor 
temperature, demonstrating a decrease in yield and increase in conversion as the reactor inlet temperature 
increases 
32 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
After completing the reactor section, our team moved on to optimizing the heat 
exchangers in our unit. Following our goal of reducing utilities, we eliminated 
unnecessary costs by recycling heat in our plant. We used the hot process streams to heat 
the feed preheat section, E-511 and E-512, and the reboiler, E-513. In doing so, we 
0
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0.7
0.8
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Product of Conversion and Yield
Figure 2.6‐5 The relationship between the product of conversion of ethylbenzene and yield of styrene with the inlet 
temperature of the reactor, demonstrating an increase in product as reactor inlet temperature increases. The 
product of conversion and yield is defined as the amount of styrene produced in the reactor per mole of 
ethylbenzene fed to the reactor  
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eliminated the need for purchasing both steam and boiler feed water, which was required 
in our base case.  Our change also lowered the number of heat exchangers required in 
Unit 500 from 9 to 6 while leaving only cooling water as a needed utility in the heat 
exchangers E-514, E-509 and E-516. 
Upon completion of heat integration, our team then focused our efforts on 
increasing recovery of styrene in our flash drum, V-501. In our process, we assumed a 
pressure drop of 10 kPa and used an optimizer similar to that of the reactor section. The 
new controller minimized cost of utilities while varying the temperature of E-514, and the 
pressure entering the flash drum. Using this method, we found the optimal temperature 
and pressure to be 50C and 70 kPa. This change produced a recovery of 97%.  
 Our group optimized to reduce the number of columns. We set the shortcut 
column in Pro/II to have the light and heavy key of ethylbenzene and styrene 
respectively. The specifications of the rigorous and shortcut column remained the same 
as the second tower in the base case, T-502. The specifications included requiring the 
bottoms to have a 99.5% weight purity of styrene and a bottoms recovery of at least 99% 
of styrene molar flow rate of the feed stream. In order to reduce the non-condensable 
gases in the distillate of the distillation tower, we created a vapor stream, Stream 33, 
exiting the condenser to mix with the vapor stream, Stream 16, leaving the flash drum V-
501. We then changed pressure entering the column to assure a bottoms temperature of 
less than 125C. To do this, we used a controller, which changed the pressure of Stream 
17 to 50 kPa using a valve to achieve a bottoms temperature of 123C. 
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3. Conclusions and Recommendations 
Our group’s goal was to minimize the net present value of Unit 500 in the 
production of styrene from ethylbenzene. We were able to achieve this goal by reducing 
the distillation towers from two towers to one, optimizing the reactor, improving the flash 
drum separation, integrating the heat exchangers and optimizing the feed preparation 
section entering the reactor. A major change from the base case is the material of 
construction. The base case distillation tower and tray material was titanium, which our 
group found had no benefit under the given conditions over carbon steel. We used 
stainless steel for equipment that processed fluid over 400°C, which includes the fired 
heater H-501, E-511, E-512, E-513 and reactor R-511. We kept the remaining equipment 
carbon steel. Through these design conditions, our group reduced the NPV from -$616 
million to -$188 million. We are satisfied with an almost 70% reduction of NPV, but we 
still aim to improve other areas of Unit 500. Our suggestion is to examine the new NPV 
and determine whether or not producing styrene at the new cost is beneficial to the 
polystyrene manufacturing plant further downstream. We may need to determine if we 
can reduce the amount of ethylbenzene and low pressure steam feed by increasing the 
amount of ethylbenzene recycled from the distillation tower.  If after this change, the 
production of styrene is beneficial to the rest of the chemical plant, we recommend 
moving forward with this design. If not, we recommend researching a different method of 
producing styrene.  
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5. Other Sections 
The distillation tower, T-502, under the optimized conditions is higher than 53 m, 
which is the maximum tower height according to the heuristic in Table 11.13 of Turton. 
Since the height of the distillation tower is 58 m, it would need a special design to 
support the foundation from wind load. Since styrene production from ethylbenzene is an 
endothermic reaction, the reactor is in little danger of overheating. The pre-heater and 
reactor section does operate at temperatures higher than 400°C, so special consideration 
should be taken in maintaining the integrity of the material of construction. Our group 
credits the fuel gas stream, Stream 37, as a utility that we can sell. However, we must 
treat the stream before we sell it because the stream contains high enough amounts of 
benzene that when heated could be carcinogenic and should not be released into the 
atmosphere. Furthermore, the fuel gas and natural gas stream are flammable and should 
enter and be released outside of the plant in order to reduce a potential fire hazard within 
the plant where the gas could come in contact with heat. Our design currently produces 
106,000 kg/h of waste water. In order to create a design that is environmentally friendly, 
we could treat and reuse our own waste water instead of releasing the waste water into a 
local drinking well.  
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6.1 Detailed report for the Cost of Manufacturing 
Table 6.1-1 Equipment Summary for Determining Cost of Operation Labor 
 
 
 
 
 
Table 6.1-2 Cost of Raw Materials 
 
 
 
 
Table 6.1-3 Cost of Operation Labor and Waste Water Treatment 
 
 
 
 
 
 
 
 
 
 
Cost of Labor
Nol 2.93
Op Labor 13.1889158 Rounded 13
Labor Cost ($/yr) -774540.00
Cost of Waste Water
Waste Water 106.73 m3/hr
Cost/unit 41/1000
Waste Treatment -35007.07 $/yr
Equiptment Information
Equiptment Number
compressor 1
tower 1
reactor 1
heaters 1
exchanger 6
Sum--> 10
Cost of Raw Materials Price
Flow 
Rate Molecular Weight Cost
Ethylbenzene Feed -0.9 $/kg 162.75 kmol/hr 105.747 kg/kmol -$124,000,000.00 $/yr
Revenue Price
Flow 
Rate Molecular Weight Cost
Styrene 1.598 $/kg 119.9 kmol/hr 104.161 kg/kmol $160,000,000.00 $/yr
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6.2 Equipment Sizing Equations and Sample Calculations 
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